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Abstract

A non-isothermal riser model for an fluid catalytic cracking (FCC) riser-reactor has been proposed. The model takes into account the
volume expansion owing to cracking reactions and also the temperature drop because of the heat of endothermic reactions. The heats of
cracking reactions were estimated by taking the macroscopic difference of enthalpies of products and reactants along the length of the
riser. A model has also been developed to calculate the heat transfer mixing height in the riser to verify the assumption of instant thermal
equilibrium between the feed and the catalyst. The models were incorporated in CATCRAK [Ind. Eng. Chem. Res. 34 (1995) 3737]
and temperature and conversion profiles within the riser were obtained. A temperature drop of aboaC3@ydidal of commercial
applications) was predicted. The model can be used in finding optimum temperature schemes for the existing FCC systems as well as to
suggest an optimum riser length for new systems to improve gasoline yields.
© 2002 Elsevier Science B.V. All rights reserved.
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1. Introduction take place in the reaction space and the temperature within
the riser-reactor decreases progressively as one moves from
Fluid catalytic cracking (FCC) is one of the most im- the bottom to the top of the riser. A drop in temperature of
portant refinery unit operations. It converts high molecu- as high as 46C can be observed in the commercial FCC
lar weight petroleum fractions (heavy gas-oil—portion of units. This temperature drop not only affects the gasoline
crude oil that boils in the range 330-530D) to low molecu- yield and overall conversion within the riser but also affects
lar weight useful products, such as gasoline. About 45% of the regenerator operation.
worldwide gasoline-production comes from the FCC and its  Therefore, an accurate overall heat balance around the
ancillary units. In spite of its commercial importance, op- reactor-regenerator system is central to any FCC process
timization of the FCC unit is still largely empirical due to  simulator. The main contributors to the overall heat bal-
complex interactions between a large number of dependentance in the FCC unit include, the heat of combustion of
and independent parameters. Determining optimal operat-coke on catalyst; the endothermic heat of cracking reactions;
ing parameters for different modes of operation by changing the heat of vaporization of gas-oil at the entrance of the
process conditions on a commercial FCC is neither feasibleriser; and heat of feed air/product stream and exit flue gas
nor advisable. As a result, several process simulators havefrom regenerator. The evaluation of heat of combustion of
been reported in the recent literatyfie-7]. Some of these  coke-on-catalyst can be carried out by using the approxima-
simulators assumed isothermal conditions in the riser-reactortions suggested by de Lasa eff8]. The heat of vaporization
[5,6], while others assumed a constant average endothermiccan be easily estimated using Lee—Kesler's correlgtjn
heat of cracking to account for the ‘non-isothermality’ in However, the evaluation of the endothermic heat of crack-
the riser. However, a wide variety of endothermic reactions ing reactions presents a real challenge to refiners. The heat
of cracking may vary from about 200 to 700 kJ/kg. For typi-
* A part of this work is based on the paper presented at 2000 AIChE cal FCC process conditions, the cracking reactions consume
Annual Meeting, 12-15 November 2000, Los Angeles, USA. about 15-40% of the total heat supplied by the hot catalyst
* Corresponding author. Tek:91-141-62-4808; fax:-91-141-62-4808.  from the regeneratdf.0]. Furthermore the difficulty is com-
E-mail addressesraajsharma@epinindia.com (R. Sharma), - . .
a.adesina@unsw.edu.au (A.A. Adesina). pOl_Jnded with an mcreas_ed demand for heavier feed-;tocks,
1 Co-corresponding authors. Fax61-2-9385-5966. which would lead to an increased temperature gradient in
2 presently serving as an Indian Foreign Service Officer. the riser. The cracking of heavier feed-stocks will also yield
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Nomenclature

AHg

—AHreaction
A Hvap

tg]_
tRiser

tos

Tc

surface area of catalyst particlem
parameter defined iEq. (A.6)(s™Y)
yield of coke (%)

catalyst to oil ratio

specific heat of catalyst particle

(Jkg 1K)

specific heat of gas-oil in gaseous
state (JkgtK—1)

specific heat of gas-oil in liquid

state (JkgtK—1)

specific heat of gas-oil in solid

state (JkgtK—1)

average catalyst particle diameter (m)
parameters defined i&q. (A.9)

length of one riser element (m)
catalyst circulation rate (kg$)

gas-oil feed rate (kgs)

gasoline yield (%)

heat transfer coefficient (JTAs 1 K1)
enthalpy (Jkg?')

enthalpy of fusion of gas-oil (Jkg)
heat of reaction (J kgh)

enthalpy of vaporization (JKg)
thermal conductivity of gas-oil feed
@mls ik

position vector

length of the riser (m)

heat transfer height (i.e. length of the
riser needed to achieve equilibrium
between feed and catalyst) (m)
average mass of a catalyst particle (kg
mass of gas-oil feed per catalyst
particle (kg)

molecular weight (g gmoi)

pressure in the riser (Pa)

slip factor between gas and solid phas
specific gravity (kg m®)

steam to feed ratio (kg steam/kg gas-a
time (s)

residence time of feed in the first riser
element with slip (s)

residence time of feed in the first riser
element without slip (s)

average residence time of feed in the
riser (S)

approach time for 95% thermal
equilibrium between feed and
catalyst (s)

temperature (K)

average boiling point of gas-oil at any
riser height (K)

temperature of catalyst particle (K)

)

Tt average melting point of gas-oil
at any riser height (K)

Tg bulk temperature of gas-oil surrounding
the catalyst particle (K)

Tref reference temperature (K)

\Y, velocity of feed and catalyst in the riser
(ms™)

X overall conversion of the feed (%)

4 compressibility factor

Greek letters

£SG tolerance variable for specific gravity
eT tolerance variable for temperature

y coefficient of volumetric expansion
catalyst particle density (kgnd)

Pc

g density of gas-oil in the riser (kgnt)
w acentric factor

Subscripts

o] inlet of the element 1 of the riser

i inlet of the riser

1 exit of the element 1 of the riser

more coke and will upset the regenerator thermal balance
because of which the need for a superior design of catalyst
cooler in FCC operations cannot be over-emphasjzégi
This, however, will require an ‘exact’ estimation of heat of
cracking reactions.

The heat of FCC reactions is a complex function of various
factors, such as feed composition, temperature, and as such,
is a major unknown in FCCU operation. Additionally, the
heat of reaction at any particular height is also dependent
on the overall conversion level and product distribution at
that height. Attempts have been made by many researchers
to account for heat of catalytic reactions. Arandes et al.
[1], Elnashaie and Elshishifd] have assumed a constant
average heat of reaction for all the cracking reactions. Arbel
etal.[2], as an improvement to earlier models, have assumed
different constant values of heat of reaction for the various
lumps. Assuming constant heat of reaction for each lump
(or an average heat of reaction for the entire feed) provides
a valuable way to account for the axial temperature gradient
that exists in the riser. However, even if intuitively, the heat
of cracking itself varies axially—having a higher value in
the lower half of the riser-reactor owing to cracking of the
heavier fresh feed in the bottom half.

Furthermore, as a result of the cracking reactions, the
volume of hydrocarbons in the riser increases. Corella and
Franced3] were the among the first researchers to account
for such density changes within the riser. Arbel e{2].and
Kumar et al[5] have neglected the volumetric expansion due
to cracking reactions. In most of the other publications, it is
unclear whether or not the density change in the riser-reactor
has been accounted ffi,4,7], as the volumetric expansion
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coefficient does not appear in the model equations presented
therein. Neglecting the density changes leads to erroneous
estimates of the residence time of the gas-oil within the riser,
and hence, inaccurate conversion predictions. Therefore, it
is important to take into account the volume expansion due
to cracking reactions.

In most of the previous simulators, the emphasis has been
on predicting the overall conversion and yields for a given
residence time or feed rafé,2]. However, it may be more
useful—particularly in deciding an optimal residence time
for a desired product distribution—to predict conversion,
yields and temperature profiles within a riser of given di-
mensions.

In this work, an improved non-isothermal model for an
FCC riser is presented. The model is capable of estimating
heat of reactions at various heights in the riser and, hence,
allows the user to predict the temperature profile within
the riser. The model also takes into account the volumet-
ric expansion as a result of the cracking reactions. Subse-
quently, the model offers improved conversion predictions
and yield-profiles as a function of riser height (or residence
time) and, therefore, is very useful in optimizing the product
distribution.

The non-isothermal FCC riser model was incorpo-
rated into CATCRAK][5] to simulate an integrated FCC-
regenerator system. Essentially, CATCRAK uses Weekman
and coworkerg12] 10-lump kinetics for the cracking reac-
tions, assumes plug flow in the riser and uses ErrgiiBk
grid model for the regenerator.

2. Methodology

Since a large number of complex cracking reactions
are involved, calculation of the exact value of the heat of
reaction is a daunting task. However, a reasonably good
estimate of the heat of reaction may be made by taking
the macroscopic difference between the enthalpies of the
products and the reactants. While Weekman'’s riser kinetics

was used to predict the conversion and yield, the enthalpies

of the ‘hydrocarbons’ were estimated using the Kesler-Lee
correlationg9,14]. These enthalpy correlations are complex
and non-linear functions of the various properties of the

hydrocarbons such as the Watson characterization factor,

molecular weight; API, pseudo-acentric factor and reduced
temperature/pressure. All these hydrocarbon properties
themselves vary in the riser as one moves from the bot-
tom to the top of the reactor. Therefore, to account for the
non-linearity and the interdependence of the various vari-
ables, the riser was divided into a finite number of ‘elements’
(Fig. 1, with each being equivalent to a plug-flow-reactor
(PFR). The heat of reaction within an element was based
on the difference between the enthalpies of hydrocarbons
at the outlet and inlet of the riser element:

Aern,i =AH —AH;_1 (i= 12..., N)

1)

103

t=ta+ teo +...+tN,

A X =Xy, T=Ty
Element N
Lriser
t=ta+ teo, X =Xo,
T=T,
Element 2
t=tg, X=X,,T=T,;
Element 1
V t=0,X=0,T=T,

Fig. 1. Schematic of non-isothermal riser model.

whereAH; is the enthalpy of the hydrocarbons at the outlet
of theith element (i.e. enthalpy of products for that element).
For each of the elements, the reaction rate was calculated
using an average temperatufe,y = (T;—1 + 7;)/2. How-
ever, even within an element, variations in temperature and
concentration were taken in to account.

The approach was similar to the one used by Corella and
Franced3] and following assumptions were made:

1. Negligible radial temperature gradient at any height.

2. The heat of reactions was calculated using macroscopic
difference between the enthalpies of product and reac-
tants. Even thouglEq. (1) is always valid as a con-
sequence of the First Law of Thermodynamics, the
accuracy of the relation, however, depends on how pre-
cisely we can determine the enthalpies of products and
reactants. Since, it is not possible to estimate the abso-
lute enthalpy (except via ab initio molecular methods), a
reference temperature must be chosen. Ideally, the refer-
ence temperature should be such that at this temperature
all the enthalpies under consideration are zero. Unfortu-
nately, in the absolute sense, different compounds have
different levels of molecular motions (and hence dif-
ferent enthalpies) at a given temperature. However, if
the temperature is chosen sufficiently low the different
compounds may be safely assumed to have the same
enthalpy. Therefore, in this study, the reference point
for enthalpy estimates was kept atLl00°C; and it is
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mixing and mass transport uncertainties may hinder
model predictions.

An iterative scheme was used to perform successive cal-
culations for solving the non-linear simultaneous differen-
tial equations. The calculation steps within a particular riser
element ith) may be summarized as follows:

The properties from the outlet of the-{)th element serve
as the inlet boundary conditions for tilke element. Based
on the product distribution and temperature, enthalpy of
the hydrocarbons is calculated—this served\d_1 in

Eq. (1) (or enthalpy of reactant for thi¢h element).

. An outlet temperatureTlf) and specific gravity (SG are

assumed.

. Based on this, the volumetric expansion coefficient

(Esg = {SG_1 — SG}/SG) is calculated and, hence,
an estimate of the residence timg)(obtained.

. The conversion and yields using the method suggested

by Kumar et al[5] at an average element temperature of
T; av = (Ti—1+T;)/2 is calculated. Based on these yields
and temperatur&; in step 2, the molecular weight and
enthalpies of hydrocarbonl{() at the exit of the element
are estimated.

. The heat of reactionHxn ;) is calculated usingq. (1)

The overall heat balance is then used to calculate the
change in temperature:

A Hixn,i Fyi

= Pnitg 2)
FgiCpgi + FcCpe

AT;
T; = T— + AT; and also a new value of S@re calcu-
lated next. If the calculated values are within a specified
tolerance limit, the calculations within the element stop
and proceed to the next element. Otherwise, the proce-
dure is repeated by going back to step 3 and performing
all the calculations again using new valueIpand SG.

The equations and boundary conditions used in the model

as thermal equilibrium alone is not sufficient to justify are summarized iffable 1 A sample algorithm for the cal-
the instantaneous mixing, multiphase (gas-liquid—solid) culations in the first element of the riser is showTable 2

104
! ! !
L |
i i Temperature i
E i Profiles )
..... . |
- ) Tl |
I |
e : f |
i : |
J ! | H 1.
S T~ H !
S e [r— 1 :
// : { I
Il : : :
/ H i H
L |
/ : i :
H = |
;'n ;Mass m, ; E ! 2
'; Catalyst
4 Particle 3
1
\\\
\\ . Gas Film
\\\ ., 4
\\ Gas-oil (superficial share of the S
N particle - my) e
‘mJm, = COR
5
Fig. 2. Schematic of heat transfer model.
reasonable to assume that enthalpies of all the petroleum
fraction at this low temperature will be zero.

3. Instantaneous mixing between gas-oil feed and catalyst
at the entrance of the riser was assumed. The assumptiorn "
was justified using a simplified method, which estimates
the height of the riser required to attain thermal equi-
librium between the gas-oil and catalyst (for details,
seeAppendix A Fig. 2). However, since a large part
of chemical reactions takes place in the bottom half of
the riser, this assumption needs further investigation—

Table 1

Equations and boundary conditions for non-isothermal riser model

Remarks/references

S. no. Equation/boundary condition

1 AH = CpS(Tf — Tref) + AHs + C[)I(Tb T +
AHyap+ Cpy(T — Tb)

2 AHan = AHproducts* AHreactants

3 SG = PM/ZRT

4 Z=270 4 »z®

Boundary conditions: @ =0; X=0,G=0,C =0,
T=To@L=E X=X3,G=G1,C=C, T=T1

C, and C,q estimated using Kesler-Lg&4]
correlation andAHyap by Lee—Keslef9] correlation.
C,s was estimated using correlation suggested by
Richard and Helgesofi5]. The value ofTef was
kept reasonably low-{100°C).

Molecular weight M’ estimated using Kesler-Led4]
and Z' estimated using Lee—Kesl|¢®8] correlation.

Strictly speaking, ‘(i) is not a boundary condition as it
involves X1, G1, T, etc. which are not known until the
calculations are done for the element 1. However, once
the calculations are done for element 1, ‘(ii)’ serves as
a boundary condition for element 2.
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Table 2
Sample approach for non-isothermal riser model (for ‘element Fin 1)

1 Calculate all the parameters at the inlet of the riser, such,a$G, etc.

3 [Tnew — TOId‘ ‘SGNGW - Sc':'Old|
2 Define,e1 = —————— andéesg= ——c———.
Tnew SGNEW .

3 AssumeTy, so that the average temperature in element Tyis, = (T1 + To)/2.

4 Assume S@ and calculatey;, y1 = (SG — SG)/SG.

5 Calculate average velocity of gas-oil at the exit of elemeri11= Vo(1 + y1), so that the average velocity within element 1 is

Viav = (Vo + V1)/2. Use this to calculateys = Ej/Vyay, and hencefer = tg1S.

6 Estimate the enthalpy of hydrocarbons at temperafyrand for the inlet hydrocarbon composition. ThisA$ eactantsfor the
‘element 1'.

7 Calculate the conversion and various yields (in the first element) at the average temperature of element T g eusing
CATCRAK [5].

8 Calculate new value of molecular weightl{) based on the conversion calculated in step 7. Hence, calculate new value of
SGy New- If esg < 0.01 go to next step, else let $Gi1g = SGy new and go back to step 4.

9 Estimate the enthalpy of hydrocarbons at temperafyrand for the hydrocarbon composition at the exit of element 1. This is
AHprogucts for the ‘element 1'. Thus, find-AHreaction = AHproducts — AHreactantsfor this element.

10 Calculate amount of heat consumed in reaction based on the overall conversion, and hence, find out the temperature change
AT = M, and henceT; = Ty + AT. If the calculated value compares well with the assumed (efe< 0.01)

Fq1Cpg1 + FcCpe

then go to next step, else 18§ olq = T1,new and go back to step 3.

11 Go to next element.

A calculation of ‘heat transfer height’ (i.e. the length of Table 3
the riser needed to achieve thermal equilibrium between Typical parameters used in the simulation

feed and circulating catalyst) was made. A schematic of parameter Value
the simplified model is shown iRig. 2 An unsteady state =
. . (J:eed stock composition
energy balance was applied between a catalyst particle and eayy parafiins 0.55
its ‘superficial share’ of gas-oil. The ‘superficial share’ was  Heavy napthenes 0.10
defined as the amount of feed per catalyst particle. The final Heavy aromatics 0.10
expression (cfAppendix A for the ‘heat transfer height’ Heavy aromatic rings 0.05
is given by L!ght paraffins 0.05
! Light napthenes 0.05
fosLRiser Light aromatics 0.05
Lyt = - €) Light aromatic rings 0.05
IRiser °API of the feed stock 245
where Boiling point of the feed {C) 360
Riser length (m) 40.0
. 1 | (D2 + DT — D21 — D1 4 Riser diameter (m) 1.1
l9s = — B(D2 + 1) n Te — D1 (4) Feed temperature C) 392
Feed rate (kg/s) 53.0
and Catalyst to oil ratio (COR) 4.0
Air flow rate to regenerator (fs) 18.2
= w (5) Regenerator diameter (m) 5.6
Dy 4+ 0.95

D1 andD, are defined irEq. (A.9)in Appendix A
3.1. Conversion profiles

3. Results and discussion The conversion profiles as well as yields of various prod-
ucts are shown ifig. 3. As expected, the overall conversion

Performance of the model was evaluated with respect to and the yields of gasoline and light gases increased with the
various FCC process variables such as feed compositionresidence time (riser height). The yield of middle distillate,
feed temperature and feed rate. Effect of feed composition however, showed an interesting behavior as it first increased
was, however, similar to the one reported by Kumar g64l.  with the residence time and after achieving a maximum at
and the results are not reproduced here. As discussed abovebout 2.2 s (riser height 32 m) it started decreasing. This
the new model is capable of predicting the conversion and was accompanied by a corresponding increase mostly in
temperature profiles across the riser length and accounts forgasoline yield. Thus, an optimum residence time exists for
temperature drop as well as the volume expansion owing tothe yield of middle distillates. This finding may be of par-
cracking reactions. Results for input data listedTable 3 ticular interest for the refiners who have a pressing demand
are discussed below. to produce more diesel fuel.
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Fig. 3. Conversion profiles. Fig. 5. Heat transfer height.

3.2. Temperature profile dition and the approximate correlation for heat transfer to a

spherical particle in stagnant fluid has been used. In practice,
The temperature profiles for various inlet feed-tempera- turbulence does exist and hence, the actual heat transfer co-

tures are shown iffig. 4 As expected, the temperature in  €fficient may be more than what has been used in this model.

the riser decreased progressively from the bottom to the topHence, the heat transfer height was slightly overestimated to

of the riser. However, the rate of drop in temperature was be on the ‘safer’ side. Thus, the assumption of instantaneous

higher at the bottom due to the high heat of cracking at equilibrium between feed and catalyst is justified.

the bottom. A total temperature drop of about°@was

predicted, which is quite significant, given that the activa- 3.4. Effect of feed rate

tion energies of most of the cracking reaction are very high

(10-20 kcal/mol). The rate of reaction will be highly overes-  Fig. 6 shows the variation in various yields and overall

timated if this drop in temperature is not taken in to account. conversion as a result of increase in feed rate with other in-

dependent variables kept constant. The decrease in conver-

3.3. Heat transfer height sion and yields is owing to two concurrent effects:

1. An increase in feed rate, while keeping CCR (catalyst
circulation rate) constant, results in decreased COR and
hence the conversion decreases progressively.
Anincrease in feed rate results in lower riser inlet temper-
ature that leads to less coke on catalyst (wt.%) as shown
in Fig. 7. This in turn further reduces the regenerator
dense bed temperature. This translates to decreased cat-
alyst temperature entering the riser and this eventually
results in lower yields and overall conversion.

Fig. 5shows a plot of ‘heat transfer height’ versus cata-
lyst to oil ratio (COR). The average values of various phys-
ical properties used in estimating the heat transfer heighto
are listed inTable 4 As can be seen in the plot, the cal-
culated values of heat transfer height ar80 cm, which is
insignificant compared to the total height of the riser (40 m).
Moreover, the model developed assumes the ‘no slip’ con-

515
510 4 —HB— Feed Temperature = 623 K
505 - _ Table 4
i} &—Feed Temperature = 673 K Average values of physical parameters used in the estimation of heat
%) 500 1 —A— Feed Temperature = 723 K transfer height
< 495 -
o Parameter Value
£ 490 3
£ 485 4 Inlet temperature of steam and gas-GiCJ 390
E* 480 - Inlet catalyst temperature ©) 650
= Steam-feed ratio (SFR) 0.02
475 1 Thermal conductivity of gas-oil (W m K1) 0.05
470 Specific heat of gaseous gas-oil (Jkdg 1) 3000
465 i Specific heat of liquid gas-oil (Jkg k=1) 4500
460 Heat of vaporization of gas-oil (Jkg) 1.9 x 10°
T T T T e . 1
0 10 20 30 40 50 Specific heat of catalyst particles (J¥d—1) 1100
- Lo : Specific heat of steam (Jkgk™1) 2100
Riser Height (m) Density of catalyst particle (kg nf) 1500
Catalyst particle size (m) 6.6 10°°

Fig. 4. Temperature profiles.
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Fig. 7. Effect of feed rate on coke on catalyst.

3.5. Heat of cracking reactions

variation from bottom (1000 kJ/kg) to the top (300 kJ/kg)
of the riser is very significant. Therefore, the assumption of
constant average heat of reactions by many researchers as
mentioned above is an oversimplification. A higher value
of heat of reaction at the bottom of the riser indicates that
coking reactions (the reactions leading to coke formation, in
general, have a greater heat of reaction than other reactions
[2]) are more prominent at the bottom of the riser. The aver-
age of heat of cracking reactions is about 650 kJ/kg, which
compares well with the experimental value of 600 kJ/kg re-
ported by Pekediz et aJ11].

The inclusion of heat of cracking reaction can affect the
model predictions in a variety of ways. To put this into per-
spective, CATCRAK was run in three different modes: (i)
without heat of cracking (isothermak A Hreaction= 0), (ii)
with constant heat of cracking-(A Hyeaction = 600 kJ/kg),
and (iii) with variable heat of reaction (as evaluated using
the proposed model); using the same process parameters as
listed in Table 1 The results are shown ifable 5 A com-
parison between columns (a) and (c)Tiable 5shows that
all the output simulator variables are strongly affected by
the inclusion of variable heat of cracking. The output which
is most affected by the change is the coke on catalyst (de-
creased by 15.71%). Coke on catalyst is an important FCC
(dependent) variable and a small variation in its value can
significantly affect the FCC operation, in general; and, the
regenerator operation, in particular. It is mainly due to this
decrease on coke on catalyst that the regenerator tempera-
ture decreased from a value of 735 to 6@ The drop in
regenerator temperature can trigger a variety of effects: (1)
the CO and CQ equilibrium shifts towards C®and less
heat needs to be recovered in the CO-boiler, (2) the tem-
perature at the bottom of the riser (after feed mixing) is de-
creased, which can affect the reaction rates appreciably due
to the high activation energies of cracking reactions. This
may lead to a change in FCC product distribution as evident
from Table 5

The heat of cracking reactions varies as one moves from  a|so shown inTable 5are the corresponding predictions

the bottom to the top of the riser as shownFiy. 8 The

Heat of Reaction (kJ.kg")

1100
1000
900
800
700
600
500
400
300
200

Fig. 8. Variation in heat of reactions with riser height.

[

0

10 20 30 40
Riser Height (m)

using a constant heat of reaction (600 kJ/Kd]. A com-
parison between columns (b) and (c) ((b) with a constant
heat of reaction, and (c) with a variable heat of reaction)
indicates that the FCC product distribution is strongly in-
fluenced by the variation in heat of reaction in the riser.
However, since the use of a constant average heat of re-
action in the riser satisfactorily accommodates the overall
enthalpy balance around the riser, the regenerator operation
shows relatively less sensitivity towards the variation in heat
of cracking. As a result of that, columns (b) and (c) yielded
similar numerical values as far as regenerator variables are
concerned.

The data reported ifiable 5are for partial combustion of
the coke in regenerator. For the sake of compari$ahle 6
reports simulation results for near complete combustion
(i.e. high CQ/CO ratio). All the input simulator data were
as inTable 3except higher values of COR (7.5) and airflow
rate (60nis~1) were required for complete combustion.
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Table 5
Comparison of simulator predictions with constant heat of reaction, with variable heat of reaction and with out heat of cracking
Output parameter % b c ((c—a)/a) x 100 ((c —by/b) x 100
Riser-reactor
Overall conversion (%) 84.1 75.6 78.9 —6.18 4.36
Gasoline yield (%) 30.2 314 325 7.61 3.50
Light gases yield (%) 26.7 21.3 22.5 —15.73 5.63
HFO yield (%) 24.0 27.1 25.4 5.83 —6.27
LFO yield (%) 19.1 20.2 19.6 2.62 —2.97
Coke on catalyst (wt.%) 0.70 0.56 0.59 —15.71 5.26
Regenerator
Coke conversion (%) 84.6 86.5 86.7 +2.48 0.23
Regenerator dense bed temperatur@) ( 735.0 671.3 676.2 —8.03 0.73
Flue gas composition on Nfree basis
CcO 44.2 37.2 38.0 —14.03 2.15
CO 434 49.6 48.0 +10.60 —-3.22
(67} 124 13.2 14.0 +12.90 —6.06

aa: without heat of cracking; b: with constant heat of cracking; c: with variable heat of cracking.

Table 6 _ _ _ difference of the enthalpies of products and reactants. The
Typical simulation results for high GCO ratic' enthalpies of the products and reactants were estimated us-
Output parameter Value ing Lee—Kesler correlatior9,14]. The model was incorpo-

rated in an in-house developed simulator called CATCRAK

Riser-react o
Isér-reactor [5]. The model predictions suggest a temperature drop of

Overall conversion (%) 79.1 k : g . .

Gasoline yield (%) 36.2 as high as 40C in the riser due to endothermic cracking

Light gases yield (%) 21.4 reactions. This drop is very significant considering the high

[‘Eg 3{"9"((’1 (E)°//")) f?g activation energies of the cracking reactions. The heat of
yie o . ; ;

Coke on catalyst (WL9%) 0.64 reactions also varies from the bottom (about 1000 kJ/kg) to

the top (about 300 kJ/kg). The average of heat of reactions
Regsl’(fr:;z:/ersion ) 905 (~650kJ/kg) compared well with the experimental values
Regenerator dense bed temperati) ( 692 of 600 kJ/kg reported 'by Peke(jlz et fl1]. This sugge;ts
that the heat of cracking reactions can safely be estimated

Flue gas composition onfree basis using the Lee—Kesler correlations. A model was also devel-

CcOo 1.4

co, 455 oped to estimate the ‘heat transfer height’ (i.e. the height

0, 53.1 required to achieve thermal equilibrium between the gas-oil

aSimulation using variable heat of reaction. Input data are as in f_ee_d an,d Cata,llySt)' T,he, predlctlons indicate that the ,eqUI'
Table 3 except catalyst to oil ratigCOR) = 7.5 and airflow rate= I'br_'ur_n 1S _achleved within _abOUt 40 cm of the rlser_h_elght.
60.0m3s L. This justifies the assumption of instant thermal mixing of

the catalyst and feed.

Clearly, due to the excess amount of air used the oxygen
concentration in the flue gas increased sharply and regener,
ator temperature decreased to 6@2 The decrease in the
regenerator temperature influenced the product distribution
in the riser-reactor.
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4, Conclusion

Appendix A. Derivation of heat transfer height

An improved non-isothermal riser model for the FCC expression

riser-reactor was developed. The model not only takes into
account the temperature drop owing to cracking reactions
as a function of riser length but also permits volumetric

expansion due to cracking in order to accurately estimate
the residence time of gas-oil in the riser. The heat of crack- 1. At the entrance of the riser, the gas-oil is either com-
ing reactions was estimated by taking the macroscopic pletely vaporized or it gets vaporized instantly. Therefore,

Following assumptions were made in the derivation of
heat transfer height expression:
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only two phases (vapor and catalyst) exist at inlet of the where

riser.

2. For each of the catalyst particles a superficial ‘share’ of D1 =

vaporized gas-oil can be defined.

3. A catalyst particle is very small (and its thermal conduc-
tivity is very high), therefore, temperature gradient be-

tween its surface and center may be neglected.

In Fig. 2, a catalyst particle in the riser with its ‘superfi-

cial share’ of gas-oil and co-fed steam is shown. Applying
unsteady state heat transfer balance around the particle willdZc

yield
Tc

d
C[JCVC;OCE +hA(Tc —Ty) =0

where the notations are given in ‘Nomenclature’.
For a spherical particle in stagnant fluid we have,

(A.1)

hd,
2 =2 A.2
p (A.2)

also

Ac = md? (A.3)
ndg

ve="2L (A.4)

On substituting (A.2)—(A.4) in (A.1),

dT,

d—tc +B(Te—Tg) =0 (A.5)

where

p—_ " (A.6)
dchCpc

Also at any time we have,

heat lost by catalyst
= {heat gained by gas-¢il
+{heat gained by steam co-fed

mcCpc(Tei — Te) = mg{Cpi(Tp — Ty) + AHvap
+Cpg(Ty — Tp)} + {msCps(Ty — Ts)}
(A7)
whereny is the mass of one catalyst partiate, the mass of

gas-oil feed per catalyst particles the mass of steam per
catalyst particle. IrfEq. (A.7), we have assumed that gas-oil

109
CpgTb + (SFR)CpsTsi - Cp|(Tb - Tgi) - AHvap
Cpg + (SFRCps
(A.93)
CORC
b = _ (CORCpe (A.9b)
On substituting (A.8) in (A.5),
dr + B[Tc — {D1+ Do(Tci — To)}] =0 (A.10)
Now on integrating (A.10) with the initial condition,
@t - 07 TC - TCia
1 D DT — DT — D
_ (( 2+ DTt 21ci 1> (A.11)
B(D2+ 1) Tc — D1

For a 95% approach to equilibrium between catalyst particle
and gas-oil, we have,

Ty = 0.95T¢ (A.12)
On substituting (A.12) in (A.8) we get,
D1+ DTy
= —— A.13
¢ D> + 0.95 ( )

(A.13) can be substituted in (A.11) to give the valuetgs”
and the value of heat transfer height can be found using the
proportionality relation,

ﬂ _ LRiser (A.14)
f9s IRiser .
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